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ABSTRACT

This work is part of the VABHYOGAZ (valorization of biogas into hydrogen) program, which
targeted the industrial deployment of hydrogen production from biogas in France. To-date,
different processes of methane reforming, such as steam reforming of methane (SRM), dry
reforming of methane (DRM) and tri-reforming of methane (TRM), have been studied in the
literature, but only SRM is applied at industrial scale. Since SRM is an energy-intensive
process, a critical analysis of these routes for hydrogen production from biogas is indis-
pensable for process optimization. This has been addressed in this work, by using ASPEN
Plus® simulation. Different global processes of hydrogen production from biogas, via DRM,
SRM, or TRM, with or without tail gas recycling, have been studied. Among them, hydrogen
production using TRM technique (H,-TRMO.3C process) with a partial recycling of tail gas
(30%) was found to be the best option, leading to the highest hydrogen production rate and
the best energy yield. H,-TRMO0.3C process was also found to be more efficient than the
actual industrial process (H,-REF), which is based on SRM technique. Under the same
conditions, H,-TRMO0.3C process led to a higher H, production (8.7% more), a lower total
energy consumption (18.6% less), and a lower waste heat generation (15.4% less), in com-
parison with the actual industrial process (H,-REF).
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Introduction

To-date, more than 96% of hydrogen are produced from fossil
resources such as coal, natural gas, petroleum [1]. To reduce
the environmental impact, new alternative solutions, such as
water electrolysis, using electricity from renewable resources
(e.g. wind energy, solar energy, geothermic energy, biomass
etc.), should be developed [2—6]. Nowadays, these routes of
hydrogen production have been adapted, in particularly in
Europe [7], and are deployed at industrial scale [8,9]. Another
alternative to produce renewable hydrogen calls for the use of
biogas as feedstock instead of natural gas, since both of them
mainly contain methane (>80 vol% for natural gas, and up to
ca. 70 vol% for biogas) [1,10—12]. This is significant because the
global capacity of biogas production continuously increases
during the last decades, according to the World Biogas Asso-
ciation [13]. However, research and development are still
needed to deploy hydrogen production from biogas at large
scale. This was the intent and focus of the VABHYOGAZ
(valorization of biogas into hydrogen) program, which was
supported by the French “Programme d’Investissements
d’Avenir” under supervision of ADEME, the French Energy and
Environment Agency [14]. This program included three stages
of research and development. The first stage was the study on
the technico-economic feasibility (2008—2009). The second
stage was the conception (2011-2012) and realization
(2012—2014) of a pilot of liquid hydrogen production of 10 kg
per day capacity. This pilot is in operation since 2014 [14]. The
third stage, called VABHYOGAZ3 project, targeted the devel-
opment of two units of liquid hydrogen production (at least
100 kg H, per day per unit) and three distribution units for
hydrogen vehicles, as well as an option for carbon dioxide
valorization, using biogas as feedstock [15]. This biogas is
produced from a landfill site of one industrial partner of the
VABHYOGAZ3 project (also called landfill gas), and contains
around 60 vol% CH,, 40 vol% CO, and traces of N, and O,. Our
research team (RAPSODEE research center, UMR CNRS 5302,
IMT Mines Albi) participated to this VABHYOGAZ program as
an academic partner, together with several industrial
partners.

The main units of the pilot of hydrogen production built in
2014 are summarized as below:

e Landfill gas purification. This allows removing impurities
present in landfill gas such as H,S, NHj, siloxanes etc. This
step is crucial before the next catalytic transformations.

Catalytic reforming of methane at high temperature (909 °C),
high pressure (16 bar), and high molar ratio of steam-to-
carbon (S/C) equal to 3/1. Taking into account the compo-
sition of the biogas used, which contains not only methane
and carbon dioxide, but also oxygen, this process is
commonly called tri-reforming of methane (TRM, Eq. (1)),
which allows converting methane, carbon dioxide, water
vapor and oxygen into syngas (mixture of carbon dioxide
and hydrogen). In fact, TRM combines steam reforming of

methane (SRM, Eq. (2)), dry reforming of methane (DRM, Eq.
(3)), and partial oxidation of methane (POM, Eq. (4)) in one
step.

XCHy + yCO, + 20, + tH,0 — uCO + vH, Eq. 1
CH, + H,0 — CO + 3H, Eq. 2
CH, + CO, — 2CO + 2H, Eq. 3
CH, + 1/20, — CO + 2H, Eq. 4

e Catalytic water-gas-shift (WGS) to convert carbon monox-
ide and water vapor to hydrogen and carbon dioxide. This
step is achieved by two reactors: i) high-temperature WGS
reactor (HTWGS) using iron and chromium oxides catalyst
at 350 °C and 16 bar; and ii) low-temperature WGS reactor
(LTWGS) using a copper oxide catalyst at 210 °C and 16 bar.

CO + H,O0 — CO, + Hy Eq. 5

e Separation of hydrogen from the mixtures recovered from
LTWGS reactor, using as pressure-swing adsorption (PSA)
process. This gaseous hydrogen, with a high purity of at
least 99.9%, is then compressed into liquid hydrogen to
feed hydrogen vehicles.

e Burningresidual gas (tail gas) from PSA unit to recover heat
before releasing flue gas to atmosphere.

These steps also represent current technology of hydrogen
production from natural gas via steam reforming (SRM, Eq.
(2)). However, SRM is an energy-intensive process because of
the large excess of steam (S/C ratio equal to 3/1) used for the
reforming step, compared to steam amount really consumed
in the steam reforming reaction (Eq. (2)). Syngas from
reforming reactor must be cooled down to feed the next
exothermic step of WGS. Important heat loss generally takes
place during this heat recovery step and makes increasing the
final cost of hydrogen as the final product as well as its envi-
ronmental impact. So, in parallel with the industrial deploy-
ment of this technology, a major objective of research and
development in the framework of the VABHYOGAZ3 project
was to optimize energy yield and hydrogen production from
biogas. For this purpose, different methane reforming routes,
e.g. DRM and TRM, were investigated using ASPEN Plus®
simulation. The impact of the tail gas recycling rate was also
studied. These two factors were identified by the partners of
the VABHYOGAZ consortium, which can be potentially
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modified for the existing industrial technology. For this study,
the operation conditions of the industrial pilot were consid-
ered as reference. To the best of our knowledge, this approach
has never been reported in the literature for hydrogen pro-
duction from biogas reforming.

Methodology
Simulation method

The thermodynamic equilibrium in a given reactor is gener-
ally calculated by using either the equilibrium constant, or the
minimization of Gibbs free energy [16—21]. For methane
reforming, solid carbon is generally a by-product, which can
be an obstacle for the calculation by the equilibrium constant
approach [22]. Therefore, the method of Gibbs free energy
minimization was applied to this study, using ASPEN Plus®
(version 8.6) [23], which allows calculating the temperature
and the composition at the equilibrium under well-defined
thermodynamic conditions. Taking into account the reform-
ingreactions of methane and the main products, the following
components were considered for ASPEN Plus® simulation:
Hydrogen (H,), nitrogen (N,), methane (CH,), carbon dioxide
(CO,), carbon monoxide (CO), water (H,0), solid carbon and
coke (Cs), oxygen (O,), air (molar ratio No/O, = 79/21). The
composition of the purified biogas produced by our industrial
partner was used for this simulation study, which is as fol-
lows: 59.97 vol% CH,, 40.06 vol% CO,, 0.2% N, and 0.04% O,. For
these components, the PRMVH2 property method was used as
recommended by Carlson [24]. PRMHV2 is based on Peng
Robinson — MHV2 equation of state model, which is an
extension of Peng — Robinson equation of state [25,26]. In fact,
this property method can be used for both non-polar and polar
compounds, which is the case of the mixture considered in
this work. Moreover, this method can be used for processes
working at high temperature and pressure [26]. Other hy-
potheses used in this study includes:

e For each global hydrogen production process, the same
inlet biogas mass flowrate of 38.51 kg h™* was used. The
total pressure of 16 bar was kept unchanged during three
steps of reforming, WGS and PSA while the combustion
was performed at 1 bar. The temperature was also fixed
unchanged for reforming (909 °C), HTWGS (350 °C), LTWGS
(210 °C) and PSA (38 °C) steps. These conditions are pro-
vided by our industrial partner, which are applied to their
pilot.

e Heat loss is negligible during methane reforming, WGS and

combustion of purge gas.

Reaction time is long enough to reach reaction conversions

imposed for each step, which are detailed thereafter.

Pumps' yield is imposed at 75%.

Compressors' isentropic efficiency is imposed at 75%.

Hydrogen production processes

To perform ASPEN Plus® simulation, different global
hydrogen production processes were defined and considered

in this work. Firstly, we remind that a pilot of hydrogen pro-
duction of 10 kg day ' capacity was built and experimentally
validated during the second stage of the VABHYOGAZ pro-
gram. On the basis of this pilot, an industrial unit of hydrogen
production of 100 kg day * was dimensioned in the frame-
work of the VABHYOGAZ3 project. This industrial unit is
considered as the industrial reference, named thereafter H,-
REF, which need to be improved. Fig. 1 shows the principal
steps of this reference process including:

e Biogas reforming: The reforming reactor is fed by
38.5 kg h™* purified biogas and 46 kg h™* water vapor. Both
of them are kept at 909 °C and 16 bar. Methane conversion
is imposed at 80% which is the value obtained by our in-
dustrial partner.

e HTWGS and LTWGS: Syngas from the reforming reactor
outlet is cooled down to 350 °C (at 16 bar) to feed HTWGS
(HTS_WGS unit in Fig. 1). Carbon monoxide conversion is
imposed at 75%, which is also the value obtained by our
industrial partner. Because of the exothermicity of WGS
reaction, the temperature of the mixture at the outlet of
HTWGS reaches 457 °C at 15.75 bar. This mixture still
contains non-negligible amounts of carbon monoxide. It is
cooled down to 210 °C at 15.70 bar to feed LTWGS
(LTS_WGS unit in Fig. 1). Carbon monoxide conversion in
this reactor is also imposed at 75%. The temperature of the
mixture at the LTWGS reactor outlet reaches 238 °C. This
mixture is cooled down to 38 °C at 15.65 bar to separate
water from the gas. The latter is sent to the PSA unit
(component splitter).

e PSA separation: This unit allows obtaining hydrogen of
high quality (99.99% purity) from the gas mixture.
Hydrogen separation yield is imposed at 79%, which is the
value obtained by our industrial partner. This hydrogen is
compressed to 350—700 bar for injection to hydrogen ve-
hicles. The tail gas (fraction rejected by the PSA unit) con-
tains unreacted CH,, CO,, residual CO, and H,.

e Combustion: The tails gas is mixed with air and preheated
to 250 °C at 1 bar before being burned. This preheating al-
lows increasing the temperature of the combustion
(1651.6 °C in the case of this pilot) to improve the com-
bustion efficiency and to valorize any waste heat at mod-
erate and low temperatures [27]. Heat from this
combustion is mainly recovered and flue gas is released to
the atmosphere at 200 °C to avoid any condensation, which
is generally applied at the industrial scale.

In this study, the reforming reactor was modeled by using
RGibbs module. The reactors of HTWGS, LTWGS and com-
bustion were modeled using RSTOIC module, knowing the
stoichiometry of the inlet and outlet mixtures. The PSA is
approximately isothermal and does not require any signifi-
cant heat load. Thus, it was simulated by using a component
splitter. Table 1 lists the units and their specification used in
this study. Table 2 shows the stream parameters of the H,-REF
process.

From this reference process (H,-REF), other global
hydrogen production processes have been considered in this
study, as described below. The objective is to optimize
hydrogen production by changing methane reforming process
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Fig. 1 — Flowsheet of the global hydrogen production process dimensioned by our industrial partner of the VABHYOGAZ3
project with a capacity of 100 kg of H, day ™.

Table 1 — Module, function and specification of different units used in ASPEN Plus simulation.

Unit in ASPEN Plus Module Function Specification

Reformer RGibbs To simulate biogas reforming process Operating temperature: 909 °C
Operating pressure: 16 bar

HTS_WGS RSTOIC To simulate water-gas shift process Operating temperature: 350—570 °C
Operating pressure: 15.75 bar

LTS_WGS RSTOIC To simulate water-gas shift process Operating temperature: 210—270 °C
Operating pressure: 15.70 bar

Condenser Flash2 To simulate liquid-vapor separation Operating temperature: 38 °C
Operating pressure: 15.65 bar

PSA Flash2 To simulate H, separation Operating temperature: 38 °C
Operating pressure: 15.65 bar

Combustor RSTOIC To simulate combustion process Operating temperature: 1327—1743 °C
Operating pressure: 1 bar

C1 (compressor) Compr To simulate stream compression

P1, P2 (Pump) Pump To simulate water pump

E100 to E108 Heater To simulate temperature change of stream

Vi Valve To simulate pressure change

Table 2 — Main stream parameters of the H,-REF process.

Stream T (°C) P (bar) Mass flowrate (kgh ') Molar flowrate (kmol.h %) Molar composition

CH, CO, HO N, CO H, O,
BIOGAS 25 1.01 38.51 141 59.7  40.06 0.2 0.04
WATER1 25 1.01 45.55 253 100
REF-F 909 16 84.06 3.94 21.39 1435 64.17 0.07 0.01
REF-P 909 16 84.06 5.29 3.19 973 36.05 0.05 13.72 37.26
HTS-F 350 15.75 84.06 5.29 319 973 3605 0.05 1372 37.26 O
HTS-P 457 15.75 84.06 5.29 3.19 20.01 2576 0.05 343 47.55
LTS-P 238 15.70 84.06 5.29 319 2259 2319 0.05 086 50.13
PSA-F 38 15.65 60.99 4.03 417 2888 052 0.07 111 6525
TAIL GAS 38 15.65 56.8 1.95 8.6 59.59 1.08 0.14 229 28.28
H, 38 15.65 4.19 2.08 100
COM-F 250 1.18 148.94 5.13 3.28 227 041 4648 0.87 10.78 15.48
FLUE GAS 200 1.16 148.94 4.83 28.52 18.84 49.35 3.29
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(DRM or TRM instead of SRM) and by recycling the tail gas
generated from PSA unit:

e Global hydrogen production using DRM process, named
thereafter H,-DRM: For that, the reforming reactor is only
fed with biogas flux. A new water vapor flux (STEAM2 in
Fig. SI 1, supplementary information) is then created to
feed HTWGS and LTWGS reactors for WGS reaction. In this
case, the purge gas from the PSA unit is also completely
burned to recover heat. Details on this process are available
in SI. 1 (supplementary information).

e Global hydrogen production using DRM process, with the
recycling of 30 wt% of the purge gas recovered from the PSA
unit. This process is named thereafter H,-DRMO0.3C. The
choice of 30 wt/% of the tail gas to be recycled will be later
justified in Section 3.3. The only difference of this process
compared to H,-DRM is the return of 30 wt% of the tail gas
to the reforming reactor. The objective is to increase H,
production since heat recovered from the burning of tail
gas could not be totally consumed by the same production
process. Details on this process are available in SI. 2 (sup-
plementary information).

e Global hydrogen production using TRM process, named

thereafter H,-TRM. Biogas flux is firstly mixed with oxygen

flux before feeding the reforming reactor, together with
water vapor flux. Details on this process are available in SI.

3 (supplementary information).

Global hydrogen production using TRM process, with the

recycling of 30 wt% of the tail gas recovered from the PSA

unit. This process is named thereafter H,-TRMO0.3C. The
choice of 30 wt/% of the tail gas to be recycled will be later
justified in Section 3.3. The only difference of this process
compared to H,-TRM is the return of 30 wt% of the tail gas
to the reforming reactor. The objective is also to increase
H, production. Details on this process are available in SI. 4
(supplementary information).

PINCH analysis

PINCH analysis provides a systematic methodology for pro-
cess energy saving. The methodology is based on thermody-
namic principles. An industrial chemical process is generally
composed of different units working at different tempera-
tures. Energy saving of each process can be done by recov-
ering heat from hot flux which need to be cooled down to heat
cold flux. In PINCH analysis, plotting accumulative enthalpy
of cold and hot streams as functions of temperature allows
obtaining composite curves of a given process, as illustrated
in Fig. 2. Thus, PINCH analysis allows determining the
maximum recoverable heat of a process, which is the overlap
between its cold and hot streams (Fig. 2) at a given AT, [28].
The latter (AT, or Pinch point) is minimum difference of
temperature between cold and hot streams (Fig. 2) [29]. The
value of ATy, has to be determined for each process. In the
present study, AT,,;, was set at 20 °C, according to Peng for the
hydrogen production process [30]. PINCH analysis also allows
calculating the remaining hot and cold duties, which are

§Qu

Hot flux / «—>

o | v
g B i
2 — e | '
= ) i |
= i !
8| . 2/ : :
= i i/ PINCH ] !
> ! !

QC : 1 :

Recovered heat

L J

Thermal power, kW

Fig. 2 — PINCH analysis: Illustration of composite curves of
a given process.

handled by utility system (Fig. 2) [29]. The hot utility (hot duty,
Qu, kW) represents the external thermal energy required by
the process, while the cold utility (cold duty, (Qc, kW) repre-
sents the internal thermal energy generated by the process,
but cannot be reused by this process itself.

Other definitions

In order to facilitate the comparison of different global
hydrogen production processes, the following terms are
defined:

e The total energy consumption which corresponds to the
energy required for heating and for pumps and compres-
sors: Eiorar, KW

e Thermal power calculated from low heating value,
composition and mass flowrate of biogas fed to each pro-
cess: Ppcy_piogas) KW.

e Thermal power calculated from low heating value and
mass flowrate of hydrogen produced by each process:
Ppci_n2, kW.

e The production of hydrogen of each process: Qu,, kgh™'.

o The total energy consumption per kg h~* of hydrogen (Exy):

Etutal (kw x h
Q2 kg

EHZ = ) Eq 6

e The energetic yield of the global hydrogen production
process (n), which is the ratio of the thermal power calcu-
lated from produced hydrogen (Ppci_g) to the sum of the
thermal power calculated from biogas fed to the reformer
((Ppci_biogas) and the hot duty (Quot_min):

PPCLHZ
n= /QH2 x 100

(PPCLbiogas + QHot,min)/QH
2

Eq.7
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Results
Determination of water flowrate for WGS step

For the global hydrogen production using DRM or TRM pro-
cesses, HTWGS and LTWGS reactors need a supplementary
water feed (STEAM2 in SI. 1 to SI. 4). It is necessary to calculate
the minimum flowrate of STEAM?2 for each case. The compo-
sition of the syngas at the outlet of the reforming reactor is
well known because the conversion of the reforming step is
imposed at 80%. Consequently, the relationship between the
STEAM?2 flowrate and the theoretical conversion in HTWGS
and LTWGS reactors could be established. Fig. 3 shows the
example in the case of the H,-DRM process. When STEAM2
flowrate is below 5.9 kg h ™, water vapor is not enough to react
with CO, thus, this water vapor is completely consumed by the
HTWGS reactor. Consequently, CO conversion in the HTWGS
reactor linearly increases with STEAM?2 flowrate, while CO
conversion in the LTWGS reactor is null. When the STEAM2
flowrate is set at 5.9 kg h™, CO conversion in the HTWGS
reaches 75% which is the value imposed for this reactor in this
study. When STEAM? flowrate is above 5.9 kg h™', CO con-
version in the LTWGS linearly increases, and reaches 75% at
the STEAM2 flowrate of 8.4 kg h™'. The latter is the minimum
value of STEAM2 flowrate, which allows obtaining 75% of CO
conversion in both HTWGS and LTWGS reactors for the H,-
DRM process. By the same method, the minimum STEAM2
flowrate required to reach 75% of CO conversion in LTWGS
reactor is 15.5, 13 and 15 kg h™%, for H,-DRMO.3C, H,-TRM and
H,-TRMO.3C processes, respectivement.

Determination of the molar ratio of steam to carbon (S/C)
and oxygen to carbon (O/C) for the global hydrogen
production using TRM

In the global hydrogen production via TRM of biogas (having
the CH4/CO, molar ratio equal to 59.97/40.06 in this study), the
feeding composition of the reforming reactor can be
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Fig. 3 — CO conversion of the HTWGS (15.75 bar) and
LTWGS (15.7 bar) reactors as a function of the STEAM2
flowrate for the H,-DRM process.

controlled by varying the S/C and O/C molar ratios. This
generally affect both Qu, (kgh ™) and Eyy (kW x hkg™?) and it
is necessary to determine the appropriate values of S/C and O/
C to maximize Qup, and to minimize Ey,. Fig. 4 shows the
impact of S/C and O/C molar ratios on Qy, and Ey, for H,-TRM
process by fixing other parameters (reforming temperature of
909 °C, reforming pressure of 16 bar, STEAM2 flowrate of
13 kg h™"). When the O/C molar ratio increases, both Qu, and
Ey, decreases at the S/C molar ratio of 0.7 and 0.9, but Qy»
increases at the S/C molar ratio of 0.4 and 0.5. At the O/C molar
ratio of 0.08, Qu; is nearly unchanged at the S/C molar ratio of
0.5,0.7 and 0.9, while Ep, get the lowest value at the S/C molar
ratio of 0.4 and 0.5. Consequently, the molar ratios of O/
C =0.08 and S/C = 0.5 have been selected for H,-TRM process,
which are a good compromise between a high Qu; and low Eg,.
Those molar ratios are also selected for H,-TRMO0.3C process
for comparison.

Determination of the tail gas recycling rate

The tail gas from the PSA separation unit still contains ener-
getic molecules such as CHy, CO, H,. This tail gas can be either
burned to produce heat or recycled to produce more H,. For
the latter, it is necessary to determine the tail gas recycling
rate (ratio of recycled tail gas flowrate to total tail gas flow-
rate). Fig. 5 presents the variation of E, and Que as functions
of the recycling rate. The increase of the recycling rate leads to
an increase in Q. In parallel, Eiyy also increases with the
recycling rate, but with a higher slope in comparison with that
of Quz. The recycling rate at 10 and 50% is not interesting
because Qy at 10% of recycling rate is much lower than that of
the H,-REF process, while E;,, at 50% of recycling rate is too
high (Fig. 5). The increase of the tail gas recycling rate from 20
to 30%, and from 20 to 40% allows increasing Qu, by 4.9 and
9.9%, respectively; but in parallel, Eq also increases by 1.2
and 3.7%, respectively. In addition, the recycling rate of 40%
requires a much higher Qyuet_min (27.7 kW) in comparison with
that of the recycling rate of 30% (18.3 kW) (see Table SI 5).
Consequently, the recycling rate of 30% appears as a good
compromise between Qu; and Eiyg (@nd also Quet_min)- This
recycling rate of 30% is also chosen for the H,-DRMO.3C pro-
cess, to facilitate the comparison.

Comparison of hydrogen production by different global
processes

As mentioned in the Section: Methodology, the operation
conditions (e.g. reaction temperature and pressure) of each
step of the global processes of hydrogen production are based
on the values applied to the industrial pilot described in the
Section: Introduction. Also, for ASPEN Plus® simulation, the
conversion of reformer, HTWGS and LTWGS reactors as well
as the yield of PSA unit are imposed to be equal to the values
obtained with the industrial pilot. All these values are the
same for different global processes of hydrogen production as
shown in Table 3.

For each global process of hydrogen production, the
composition of the inlet gas mixture fed to the reforming
reactor is calculated from the composition and the flowrate of
each fluid. Since the conversion of the reforming reactor is
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Table 3 — Summary of operation conditions for each step

of the global processes of hydrogen production, as well as
the conversion and the yield imposed to these steps.

Unit

Temperature, Pression, Imposed conversion

°C bar yield, %
Reforming 909 16 80°
HTWGS 350 15.75 75°
LTWGS 210 15.70 75°
PSA 38 15.65 79¢

2 CH,4 conversion in the reformer.
Y CO conversion in HTWGS and LTWGS.
¢ PSA separation yield.

imposed at 80%, the composition of the gas mixture at the
outlet of this reactor could be calculated. By the same way, the
composition of the gas mixture at the inlet of the HTWGS,
LTWGS and PSA units could also be calculated and is reported
in Table 4. First, despite the fact that all the reforming reactors
are fed by the same mass flowrate of biogas (38.51 kg h™?,
Table 5), the molar composition of methane at the inlet of
these reactors is not the same because the biogas is diluted

differently with other gas for each global process. This also
impacts the molar composition of other components. Conse-
quently, the molar composition of the gas mixture at the inlet
of the next units (e.g. HTWGS, LTWGS and PSA) varies for each
global process. For example, the CO concentration at the
outlet of HTWGS reactor (or the inlet of the LTWGS reactor)
changes from 3.43% for H,-REF to 7.35% for H,-DRMO.3C, and
reaches less than 2% after LTWGS step. In reality, the CO
concentration at the outlet of LTWGS reactor could fall to
0.1-0.3% by using a copper-based catalyst [31]. In all cases, the
gas mixture at the outlet of LTWGS is rich in H, (58—65%) and
CO; (28—36%), which is favorable for the PSA separation step.

Table 5 shows the mass flowrate (kg h™") of each compo-
nent at the inlet of each unit of the global processes of
hydrogen production. The molar flowrate (kmol h™") of each
component at the inlet of each unit of the global processes of
hydrogen production is available in SI 6 (supplementary in-
formation). When the component is a gas mixture (e.g. biogas,
syngas), it counts for the total flowrate taking into account all
the molecules present in this gas mixture. We remind that H,-
REF is considered as the reference process because it con-
siders all the conditions applied to the industrial pilot of the
VABHYOGAZ3 project. By this process and under the consid-
ered conditions, the hydrogen production (Qu;) reaches
4.19kgh ™. The hydrogen production obtained by H,-DRM, H,-
TRM, H,-DRMO0.3C, and H,-TRMO0.3C reaches 2.88, 3.88, 3.90,
and 4.56 kg h™%, respectively, or 68.8, 94.4, 92.5, and 108.7% in
comparison with the value of the reference process
(4.19 kg h™Y). Thus, only H,-TRMO0.3C leads to a higher
hydrogen production (Qu,) than that of the reference process.

Fig. 6 compares the formation rate of solid carbon (stream
S5 of reforming units) by each global process of hydrogen
production. As expected, H,-REF, with a large steam excess,
allows theoretically avoiding solid carbon formation. This is
similar for H,-TRM and H,-TRMO0.3C processes since steam,
oxygen and carbon dioxide are used to convert methane into
syngas. On the other hand, H,-DRM and H,-DRMO0.3C are not
thermodynamically favorable for limiting solid carbon for-
mation, as already reported in the literature by several au-
thors for DRM [32—-36]. This means the global process of
hydrogen production integrating DRM step can potentially
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Table 4 — Molar composition of the mixtures at the inlet of each unit of the global processes of hydrogen production; all the
molecules are considered at the gaseous state.

Unit Compound Molar composition (%) at the inlet of the units
H,-REF H,-DRM H,-TRM H,-DRMO0.3C H,-TRMO0.3C
Reforming CH,4 21.39 59.70 44.35 43.50 33.31
CO, 14.35 40.06 29.76 47.47 40.47
H,0 64.17 0.00 22.17 0.27 15.79
0O, 0.01 0.04 3.58 0.03 2.59
HTWGS CH,4 3.19 6.01 4.38 4.38 3.65
CO, 9.73 3.99 4.16 6.10 8.64
H,0 36.05 23.80 25.92 28.01 27.26
Cco 13.72 25.21 27.59 29.40 28.81
H, 37.26 40.90 37.88 32.00 31.44
LTWGS CH, 3.19 6.01 4.38 4.38 3.65
CO, 20.01 22.89 24.85 28.15 30.25
H,0 25.76 4.89 5.22 5.96 5.65
Cco 343 6.30 6.90 7.35 7.20
H, 47.55 59.80 58.58 54.05 53.05
PSA CH,4 4.17 6.01 4.38 4.38 3.65
CO, 28.88 27.62 30.02 33.66 35.65
H,0 0.52 0.16 0.05 0.45 0.24
Cco 111 1.58 1.72 1.84 1.80
H, 65.25 64.53 63.75 59.57 58.45
Combustion CH, 3.28 4.09 3.34 2.63 2.34
CO, 22.70 18.80 22.88 20.18 22.80
H,0 0.41 0.11 0.04 0.27 0.16
0, (air) 15.48 18.52 15.52 17.07 16.49
N, (air) 46.48 48.70 46.37 51.26 49.14
Cco 0.87 1.07 1.31 1.10 1.15
H, 10.78 9.23 10.21 7.50 7.86
Recycling part of the tail-gas CH, 0 0 0 8.28 6.79
CO, 0 0 0 63.58 66.23
H,0 0 0 0 0.85 0.45
Cco 0 0 0 3.47 3.35
H, 0 0 0 23.63 22.81

Table 5 — Mass flowrate of components at the inlet of each unit of the global processes of hydrogen production.

Unit Component Mass flowrate at the inlet of the units (kgh™?)
H,-REF H,-DRM H,-TRM H,-DRMO0.3C H,-TRMO0.3C
Reforming Biogas 38.51 38.51 38.51 38.51 38.51
H,0, (STEAM1) 45.55 0.00 7.59 0.00 7.59
H,0 from recycling of tail gas 0.00 0.00 0.00 0.10 0.06
0O, 0.02 0.02 2.18 0.00 2.23
Tail gas 0.00 0.00 0.00 20.11 25.16
Syngas 84.06 33.46 48.26 55.42 73.42
HTWGS H,0, (STEAM2) 0.00 8.40 13.00 15.50 15.00
H,0 from reforming and STEAM2 34.35 12.03 18.20 20.63 24.04
LTWGS Syngas 84.06 41.86 61.26 70.92 88.42
PSA Products of LTWGS 84.06 41.86 61.26 61.26 88.42
Qo kgh? 419 2.88 3.96 3.88 456
In comparison with Qq, obtained by H,-REF (%) 100.0 68.8 94.4 92.5 108.7

quickly be clogged by solid carbon accumulation in the cata-
lyst bed of the reforming reactor. The recycling of 30% of the
tail gas in the case of H,-RDMO0.3C process only allows
reducing, but not avoiding, the formation rate of solid carbon.

Analysis of energy consumption

Hydrogen production from biogas includes different steps as
described in the introduction section. For each global

process, the energy needs under the form of both heat and
electricity for different units were determined and presented
in Table 6. As expected, methane reforming is strongly
endothermic, leading to a high thermal consumption inside
the reformingreactor (component ®, Table 6). Biogas heating
(component @, Table 6), tail gas and air heating (component
®, Table 6), and steam generation (components @ and @,
Table 6) also need high thermal energy consumption.
Particularly, for H,-REF process working at high S/C ratio of 3/
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o 6 57 Table 7 — Recoverable energy in the global processes of
T 5. i hydrogen production studied.
c
.g 4 - 3.2 Entry H2' H2' Hz' H2' Hz'
g — 5 ’ REF DRM TRM DRMO0.3C TRMO0.3C
Eo 3
“E _\@ 2 | @ Cooling of the syngas 309 129 17.3 17.9 229
8~ from the reformer
§ 1 1 0 0 0 outleF, kW
e 0 @ Cooling of the syngas 13.1 9.4 139 15.2 18.1
8 Qﬁ st Q o o9 from the HTWGS outlet,
& & & -
AS ¥ > & <& ® Cooling of the syngas 245 6.0 8.5 9.2 11.0
qu’ \Z‘q’ from the LTWGS outlet,
P kw
rocess ® Heat from tail gas 80.8 686 81.0 585 63.7
R . . . combustion, kW
Fig. 6 — Solid carbon formatlon.rate calculated for different ® Total recoverable heat, 1494 969 1207  100.9 115.7
processes of hydrogen production. kW
®=0+0+0+®
Waste heat under the 175 139 169 13.3 14.8

1, large thermal energy amount is needed to generate steam
for the reforming step. Thus, this process has the highest
Etotar @mount, followed by H,-TRMO0.3C, H,-DRMO.3C, H,-
TRM, and H,-DRM.

Since the global processes of hydrogen production are
composed of different steps, operating at different tempera-
tures, it is possible to recover heat when fluids are cooled
down to desired temperatures. Table 7 summarizes the
recoverable energy from different steps of these processes.
The reference process (H,-REF) requiring a high S/C ratio of 3/
1, this causes a much higher value of heat released by cooling
the syngas from reformer outlet, in comparison with that of
other processes. The reference process also presents the
highest recoverable heat from the HTWGS reactor outlet and
from the combustion of tail gas. Thus, the total recoverable
heat is highest for the reference process (149.4 kW), followed
by H,-TRMO0.3C (115.7 kW), H,-TRM (120.7 kW), H,-DRMO0.3C
(100.9 kW), and H,-DRM (96.9 kW). The flue gas released to the
atmosphere at 200 °C (conventional temperature applied in
the industrial sector to avoid eventual condensation in
chimney) also represents a non-negligible waste heat amount,
accounting for 13.3—17.5 kW.

form of flue gas, kW

Results of PINCH analysis

From the data in Tables 6 and 7, cold and hot composite curves
could be established for each global process of hydrogen pro-
duction, using PINCH analysis according to the hypotheses
mentioned in Section 2.3. It is worth to note that the electrical
energy required for pumps, compressors and for process con-
trol did not be considered in PINCH analysis. Fig. 7 and Table 8
shows the results obtained. For H,-REF process (Fig. 7 A), the
thermal energy consumption (cold composite curve) is mostly
covered by the hot flux (heat recovery = 121.8 kW, see Table 8).
The heating duty (Qu), which is the minimum amount of
external heating, is negligible (0.3 kW, Table 8), while the
cooling duty (Qc), which is the minimum amount of external
cooling, represents a large amount of 27.6 kW. Even this ther-
mal energy can be recovered by cooling, it cannot be reused by
the same process. This large amount of Q¢ is explained by the
fact that H,-REF process consumes large amount of thermal
energy to heat the feed mixture with the S/C ratio equal to 3/1

Table 6 — Energy needs of different units of the global processes of hydrogen production studied. For E.;, €lectricity

consumption of the PSA unit and for process control were not considered (which are supposed to be similar for all these
processes).

Component H,-REF H,-DRM H,-TRM H,-DRMO0.3C H,-TRMO0.3C
® Biogas compressor (electricity), kW 5.0 5.0 5.3 5.0 5.3
@ Biogas heating for reforming reaction, kW 14.1 14.1 14.4 14.1 14.4
® WATER1 pump (electricity), kKW 0.03 0.00 0.005 0.000 0.005
@ Heating and evaporation of water to produce STEAM1, kW 54.5 0.0 9.1 0.0 9.1
® Endothermal reaction of methane reforming, kW 42.8 31.1 36.6 42.0 42.4
® WATER2 pump (electricity), KW 0.0 0.005 0.009 0.010 0.011
@ Heating and evaporation of water to produce STEAM2, kW 0 7.1 11.0 13.1 12.7
Heating of tail gas and air to feed combustion unit, kW 10.6 8.3 10.4 9.7 10.9
©® Heating of tail gas for recycling, kW 0 0 0 7.1 8.7
Total thermal energy consumption, kW 122.1 60.6 81.5 86.0 98.2
D=0+@+0+0+®+ 0O

@ Total energy consumption (Eiotar), KW 127.1 65.7 86.8 91.1 103.4

®=0+0 +® + ®
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Table 8 — Synthesis of PINCH analysis and energetic yield
of the global hydrogen production processes.

Entry H2' Hg- Hg' H2' Hz'
REF DRM TRM DRMO0.3C TRMO0.3C
® Total cold flux, kW 122.1 60.6 81.5 86.0 98.2
® Total hot flux, kW 149.4 96.9 120.7 100.9 115.7
® Total recoverable heat 121.8 60.6 81.5 67.6 79.8
by PINCH analysis, kW
® Qy, kW (® = ©-0) 03 0 0 18.5 18.4
® Qc, kW 27 .6 36.3 39.2 333 35.8
® Ppcr_biogas) KW 187.9 187.9 187.9  187.9 187.9
@ Ppcr 2, kKW 139.6 96.0 131.8 129.2 151.8
1 (energy yield of the 74.2 51.1 70.1 62.6 73.6
global hydrogen

production process, %)
=® x 100/(® + @)

up to 909 °C for the reforming step. Then, this steam is only
partially consumed by the reforming reaction, and generates
heat when the unconsumed part is cooled down to lower
temperature (350 °C) of downstream process (HTWGS).

For H,-DRM process, which does not need steam for the
reforming step, and for H,-TRM process, which consumes
much less steam for the reforming step than that for H,-REF
process, the consumption of the thermal energy is much
lower than that of H,-REF. Also, both H,-DRM and H,-TRM
processes represent the case of a threshold, which only re-
quires a hot or cold utility. For each of these processes, the
recovered heat is enough for the need of the process itself.
Thus, there is no PINCH point and these processes do not need
hot utility (Qg null). However, the cooling duty of these pro-
cesses is relatively high: 36.3 kW for H,-DRM and 39.2 kW for
H,-TRM (see Table 8).

For H,-DRMO0.3C and H,-TRMO0.3C processes, because 30%
of tail gas are reinjected in the reforming unit for recycling, the
flowrate of the tail gas, which is sent to the combustion unit,
decreases. Thus, the recovered heat from the combustion unit
decreases. Moreover, the tail gas recycled to the reforming
unit must be preheated (see Table 6), and the reforming re-
action of this tail gas also consumes heat because of the
endothermicity of this reaction. Thus, the heating duty of
these processes are relatively high, which reaches 18.5 and
184 kW for H,-DRMO0.3C and H,-TRMO.3C, respectively.
Despite those needs in thermal energy, these processes also
generate high amounts of cooling duty (33.3 kW for H,-
DRMO.3C and 35.8 kW H,-TRMO0.3C). In fact, the temperature of
the thermal energy corresponding to the cold unit is not
enough high to be used in hot unit.

Table 8 summarizes the main parameters of the PINCH
analysis (entry @ to ®), the thermal power (Ppcr biogas) calcu-
lated from low heating value, composition and mass flowrate
of biogas fed to each process, the thermal power (Ppci—u2)
calculated from low heating value and mass flowrate of
hydrogen produced by each process, and the energy yield () of
the global hydrogen production process. By considering the
values of the energy yield, we can see that three process H,-
DRM, H,-TRM, and H,-DRMO0.3C, are not competitive in com-
parison with the reference process (H,-REF). Particularly, both
H,-DRM and H,-DRMO0.3C processes had much lower energy

yield in comparison to the reference one. This must be a
serious challenge of DRM-based processes in view of eventual
industrial deployment. About H,-TRM process, its energy yield
is not so far from that of the reference process (Table 8), but its
hydrogen mass flowrate produced (Qgu,, Table 5) is smaller
than that of the reference process. So, H,-TRM process is also
less competitive than the reference one. On the other hand,
H,-TRMO.3C process has the similar energy yield (Table 8), but
a higher Qg, (Table 5), in comparison with those of H,-REF
process. Thus, in view of hydrogen production and energy
efficiency, H,-TRMO.3C is the best process among the inves-
tigated systems. This process allows producing more H, (8.7%)
than the industrial process, by keeping the same energy yield.

Conclusions

Hydrogen is gaining momentum in the energy mix of the near
future society. However, hydrogen is still principally produced
from fossil resources such as natural gas. To contribute to the
effort against the global warming, it is crucial to increase the
share of hydrogen produced from renewable resources.
However, in order to be economically viable, global process of
hydrogen production from renewable resources, such as
biogas, must be optimized. To-date, some first industrial
demonstration operations, such as the case of the VABHYO-
GAZ3 project, have been launched, but they are still based on
the conventional SRM process, which is energetically not
optimized.

On the basis of the experimental data obtained with the
pilot unit in the framework of the VABHYOGAZ3 project, and
using ASPEN Plus® simulation, a comparative study has been
done for global processes of hydrogen production from biogas
via different methane reforming routes, e.g. DRM and TRM,
with and without recycling of tail gas. The main conclusions
are as follows:

e The recycling of the tail gas to the reforming unit allows
increasing hydrogen production. In the range of the tail gas
recycling rate of 10-50%, the optimal recycling rate is
found at 30%, taking into consideration the hydrogen pro-
duction rate and the energy yield of the global process.

e The hydrogen production via DRM, with or without tail gas
recycling, is not competitive in comparison with the actual
industrial process using SRM.

e The hydrogen production via TRM is only more efficient
than the actual industrial process if the tail gas is partially
recycled (30% in this study).

Future work should be conducted with the industrial pilot
under the optimized conditions to validate the results of this
simulation study. The design of an active, selective, and stable
catalyst should also be performed.
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